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A B S T R A C T

Generally, the commercial catalysts for hydrotreatment in refineries are supported sulfide transition-metal-based
catalysts. However, the co-processing of vegetable oils reduces their hydrodesulfurization (HDS) efficiency by
leaching sulfur from the active sites of the catalyst. The present work reports the use of six sulfur-free MoCx and
MoNx catalysts (supporter with Al2O3, TiO2 or ZrO2) for the hydrotreatment of atmospheric gasoil (AGO) and co-
processing of rapeseed oil (RSO – 5, 10 and 25 wt%). The screening tests were carried out in a fixed bed reactor
at industrial operating conditions (330–350 °C, 5.5MPa, WHSV=1–2 h−1). Higher reaction temperatures and
lower WHSV had a positive effect on catalyst activity and product quality. In case of co-processing, the hy-
drodeoxygenation reaction mechanism was found to be dominant, producing n-C16 and n-C18 n-alkanes at all
AGO/RSO ratios used. Overall, our results suggest that alumina supported catalysts are the most promising
materials, exhibiting a combination of excellent stability, high activity and no negative effects on HDS efficiency
during AGO/RSO co-processing.

1. Introduction

Based on the need to reduce the greenhouse gas emissions due to
automotive transportation and improve the security of fuel supplies, the
European Council agreed in 2014, the 2030 framework for climate and
energy. This framework sets out the European Union (EU) target of 27%
as the share of renewable energy consumed in the EU in 2030. These
energy agreements reveal the commitment and the ambitious strategy
of the EU for renewable energy. Related to this strategy, the directives
2009/28/EC and 2009/30/EC support and promote the development of
new, more efficient and environment-friendly biofuel technologies.

Advanced biofuels, produced from lignocellulosic (forestry and
agricultural residues, energy crops, etc.) or triglyceride feedstock (ve-
getable oils, animal fats, etc.), can satisfy the energy requirements of
the EU, as stipulated for the field of biofuels. In this sense, the lig-
nocellulosic feedstocks are easier to transform into biofuels by gasifi-
cation, fast pyrolysis or hydrolysis for the production of sugar mono-
mers. During the gasification process, many complex reactions occur,
including pyrolysis, partial oxidation and steam reforming. Syn-gas,
composed mainly of CO2, CO, CH4, H2 and N2, is a typical product of
lignocellulose gasification. A set of reactions take place during biomass
fast/flash pyrolysis (hydrolysis, dehydration, isomerization, dehy-
drogenation, aromatization, etc.), which result in the formation of a

dark brown liquid called bio-oil. However, this biofuel typically has a
high viscosity, low heating value and is usually chemically unstable.
The use of bio-oil in internal combustion engines requires complex
upgrading [1]. Therefore, industrial implementation of these biofuel
production processes is technologically difficult, because low-cost and
effective processing technologies have not yet developed sufficiently.

On the other hand, triglyceride-based feedstock is usually more
expensive than lignocellulosic feedstock, but can be more easily and
efficiently converted into automotive fuels. The easiest and most
common way to produce biofuels from triglycerides is transesterifica-
tion into fatty acid methyl esters, well known as FAME [2]. However,
catalytic hydrotreatment of triglycerides at high temperatures and
pressures (300–400 °C and 50–70 bar) for deoxygenation has become a
very interesting route to biofuels owing to the production of oxygen-
free and stable hydrocarbons with attractive properties for diesel oil
blending. This process has already found realtime application in pet-
roleum industry in the form of co-hydroprocessing with atmospheric
gas oils (AGOs) in hydrodesulfurization (HDS) units [3].

This catalytic co-processing involves the removal of sulfur, nitrogen,
and metals from the petroleum feedstock, as well as the removal of
oxygen from triglycerides and free fatty acids. The deoxygenation re-
action includes three parallel steps: (i) hydrodeoxygenation (HDO) and
(ii) (hydro)decarboxylation/(iii) (hydro)decarbonylation (HDC) [4].
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During co-hydroprocessing with fossil streams, triglycerides are trans-
formed into hydrotreated vegetable oil (HVO), which is also known as
green diesel. HVO consists mostly of linear paraffins with an even
(16–18) or odd (15–17) number of carbon atoms. The distribution of
“even” and “odd” paraffins depends on the selectivity to the HDO and
HDC reaction mechanisms, which is determined by the combination of
catalyst type and operating conditions [5]. Liquid water and light gases
(propane, methane, COx) are the side products of the triglyceride
deoxygenation. COx, as a reaction intermediate, can interact with the
active sites and affect the catalytic activity [6]. These gaseous side
products can also increase the amount of hydrogen consumed by the
side reactions such as methanation of COx or reverse water gas shift
reaction.

At present, the most common commercial catalysts for hydrotreat-
ment in refineries are supported sulfide transition-metal-based cata-
lysts. These catalysts utilize molybdenum and tungsten as the active
metals, while nickel and cobalt are used as promoters. The typical
catalyst supports are alumina (Al2O3) and silica (SiO2) and their re-
spective derivatives. Many reports on the hydroprocessing of vegetable
oils (pure and waste) [7,8] and their co-hydroprocessing with petro-
leum feedstocks (heavy vacuum gas-oil, AGO, etc.) [9,10] have been
published. These studies showed the viability of this co-processing on
the industrial scale involving hydrotreatment units in a petroleum re-
finery.

One of the most important parameters of co-processing is the re-
duction of HDS efficiency due to the competitive reactions of trigly-
ceride deoxygenation. Another aspect reducing the HDS efficiency is
the leaching of sulfur from the active sites of the catalyst during the
hydrotreatment of triglycerides [11]. Additional problems related to a
significantly higher heat of reaction compared to the conventional HDS
processes result in the possibility of the reactor overheating. These
problems are solved by co-processing triglycerides with fossils instead
of treating pure triglycerides. The optimal triglyceride content in the
feed unit is 5–10wt% [12].

In this manner, the use of a sulfur-free catalyst such as molybdenum
carbide or nitrides presents a promising approach to resolving the
problems associated with sulfur loss from the active sites. Some pre-
vious studies on these catalysts focused on their suitability for the hy-
drogenation of various chemical compounds [13], which is based on
their capacity to adsorb/activate hydrogen and transfer it to the re-
actant molecules, which is a mandatory requirement for exhibiting
hydrogenation activity.

Superior activity of the catalysts, especially towards hydro-
denitrification (HDN), was observed in some comparative hydrotreat-
ment studies of model compounds (benzothiophene and thiophene)
[14,15] that used sulfide catalysts and mono- and bimetallic supported
carbides and nitrides in batch and atmospheric flow reactors. Likewise,
the studies of Da Costa et al. [16,17] on 4,6-dimethyldibenzothiophene
and low-sulfur gas oils showed that for deep hydrotreated gas oils
(< 50wt. ppm of sulfur), the phosphorus-promoted molybdenum car-
bide catalysts were more active than the corresponding commercial
catalyst in the HDS and HDN reactions.

Triglyceride hydrotreatment over supported carbides and nitrides
has been well investigated. Several experiments using supported mo-
lybdenum carbide and nitride catalysts have been carried out. The re-
sults showed high vegetable oil conversions of around 98–100% [18] in
a continuous micro-reactor over β-Mo2C catalyst. The effect of the
support during soybean oil hydrotreatment over NiMo carbide catalysts
was also studied; the results showed a high production of green diesel,
consisting of C15–C18 hydrocarbons, over meso-porous γ-Al2O3 and Al-
SBA-15 supported catalysts [19].

Industrially, the highest amount of material subjected to hydro-
treatment involves the petrochemical processes for fuels and the pro-
duction of petrochemicals. Refinery processes require typically very
large amounts of catalysts in the reactors than is usually employed in
fine chemical and pharmaceutical applications. A long lifetime,

adequate activity, price and sulfur (sulfane) resistance are the key re-
quirements of a catalyst employed in refineries.

This paper describes an extensive and detailed study of six sulfur-
free molybdenum carbide (MoCx) and nitride (MoNx) supported
(Al2O3, TiO2 and ZrO2) catalysts during the hydrotreatment of AGO and
its blends with rapeseed oil (RSO − 5, 10 and 25wt%) at industrial
operating conditions (330–350 °C and 5.5MPa). The aim of this work
was to study the catalysts properties (fresh and used), as well as the
effect of the operating conditions (temperature and space velocity) and
triglycerides co-processing on the product quality and catalyst activity
(defined as the HDS, HDN and hydrogenation), in order to be able to
compare them with conventional sulfide catalysts.

2. Experimental

2.1. Catalyst synthesis

Six molybdenum catalysts were synthesized by incipient wetness
impregnation of the catalytic supports Al2O3, TiO2 and ZrO2. Each
support was loaded with the molybdenum precursor. The materials
were then thermally treated to prepare molybdenum carbide and ni-
tride for a comparison of the active phases in AGO hydrotreatment and
triglyceride co-processing, respectively.

Hexamethylenetetramine molybdenum complex, which was syn-
thesized according to Afanasiev method [20], was used as the mo-
lybdenum precursor. The precursor was loaded into the support parti-
cles (Al2O3, TiO2 or ZrO2) with sizes of 224–560 μm. Then, the catalyst
was dried at 120 °C for 12 h. The formation of the carbide or nitride
active phase was achieved by temperature-programmed reduction in a
tubular quartz reactor with overall length of 140 cm and heated zone
length of 100 cm. The reactor tube was placed inside a triple-zone
electric heater that was controlled by PID regulators. The support im-
pregnated with the precursor was placed into a cuvette, then, thermal
treatment commenced under the flow of 20 vol% CH4 in H2 or 20 vol%
H2 in N2, depending on whether the active phase was carbide or nitride.
The thermal treatment involved starting at 200 °C and reaching 700 °C
at the rate of 10 °C/min. The catalyst was held at the final temperature
for 3 h. Then, the reactor was cooled under the gas flow to ambient
temperature. Finally, the catalyst was passivated with 1 vol% O2 in
argon. The freshly prepared catalysts were then characterised by X-ray
diffraction (XRD; Philips APD 1700), inductively coupled plasma (ICP;
Agilent 725), nitrogen physisorption (BET – Chemisorption Analyzer
Micromeritics AutoChem 2950 HP) and elemental analysis (FLASH
2000 Combustion CHNS/O Analyzer).

2.2. Catalytic tests

Screening experiments were carried out in a stainless steel con-
tinuous fixed bed reactor with the internal diameter of 17 mm, with a
thermowell with the outer diameter of 5mm placed in the axis of the
reactor. The reactor was equipped with a triple-zone electric heater that
had independent controls for each zone. The experimental unit was
equipped with high- and low-pressure product collectors, and the
pressure in the system was controlled by a Kämmer regulation valve
that was placed behind the product collectors. The unit was placed in
the experimental facility of UniCRE (Unipetrol Centre of Research and
Education) in Litvínov-Záluží, Czech Republic. Fig. 1 shows a simplified
scheme of the reactor used.

Prior to each test, the catalyst bed, with the particle size range
224–560 μm, was divided into four parts and diluted with fine inert SiC
(10 μm) in the ratios 1:1, 1:2, 1:3 and 1:4 (vol:vol). The catalyst-SiC
mixtures were then loaded into the reactor, from 1:1 to 1:4. This re-
sulted in a gradual increase in the catalyst concentration along the
catalyst layer in the direction of flow of the reactants. This loading
procedure helps to maintain the reaction temperature profile in the
isothermal regime. After the catalyst loading, the reactor was flushed
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with N2 (600 NL/h) at ambient temperature and atmospheric pressure
for 2 h. Then, the gas was changed from N2 to H2 and the reactor was
pressurized to 5.5MPa under H2 flow of 50 NL/h. Subsequently, the
catalyst was treated under H2 flow at 450 °C (heating rate 20 °C/h).
Finally, the temperature was reduced to 330 °C and the H2 flow ad-
justed to correspond to g/L= 1NL/g/h.

The experiments were performed in the reaction temperature range
330–350 °C at the pressure of 5.5 MPa. The AGO obtained from in-
dustrial atmospheric distillation of Russian export blend crude oil was
used as the main feedstock. AGO mixtures with 5, 10 and 25wt% RSO
(food quality) were used as the model feedstocks for co-processing
hydrotreatment. Table 1 shows the basic properties of the AGO and RSO
feedstocks.

Each catalyst was tested by screening with nine sets of experimental
conditions. The effects of reaction temperature, RSO content in the feed
and weight hourly space velocity (WHSV [gfeed/gcat/h]) on product
quality were investigated in each test. The same methodology of testing
was used for all the catalysts to allow the comparisons of the active
phases and of the effects of catalyst supports under different reaction
conditions. The timeline of the screening experiment is shown in
Table 2.

In the same way, Fig. 2 shows the variations in the density and
refractive index at 20 °C during the entire experiment with MoCx/Al2O3

catalyst. The changes can be attributed to the different conditions used
during the testing.

The liquid products were sampled from the low-pressure collector
and weighed. For all the products, the density (ASTM D 4052) and
refractive index (ASTM D 1218) at 20 °C were determined through
routine measurements. More detailed characterisation was performed
for the samples collected at steady state, which was determined by
constant density and refractive index values. Sulfur (ASTM D 1552) and

nitrogen (ASTM D 5291) contents, elemental analysis (ISO 29541),
bromine number (ASTM D 1492) and acidic number (ASTM D 664)
were determined for the steady-state samples. The boiling point dis-
tribution was determined as well by simulated distillation (Simdis)
analysis, according to ASTM D 2887 method. The off-gas quality was
characterized by gas chromatography (GC) with FID and TCD detectors
(RGA: refinery gas analysis). Gas samples were collected only at the end
of each period at steady state, before the reaction parameters changed.

After the experiment was complete, the spent catalyst was collected
and separated from the inert SiC by using a sieve and washed in toluene
by using soxhlet extractor. The washed catalyst was analysed using the
same analytical techniques as those employed for the fresh catalyst
(XRD, ICP, BET and elemental analysis).

The initial period of the experiment was used as the reference state
for a comparison of the products obtained from the other sections.
Sections 4 and 8 were added to determine the effects, if any, of the
reaction temperature change and the co-processing reaction, respec-
tively, on the catalytic activity. The effects of the changes in the reac-
tion conditions were compared with the reference data obtained from
the initial part of the experiment.

2.3. Catalytic activity

The catalytic activity was determined based on the HDS and HDN
efficiencies. These parameters were calculated as the percentages of
sulfur and nitrogen removed from the AGO compounds. The HDS effi-
ciency was determined according to the following equation:

=

− η
HDS(%)

(S (S · ))
S

·1000 p

0 (1)

where S0 and Sp represent the sulfur contents of the feedstock and the

Fig. 1. Simplified scheme of the experimental reactor.

Table 1
Basic feedstock properties.

Property Atmospheric gas oil Rapeseed oil

Density at 20 °C, kg/m3 852.6 914.5
Refractive index at 20 °C 1.4759 1.4725
Sulfur content, wt ppm 11010.0 2.2
Nitrogen content, wt ppm 239 1.3
Acid number, mg KOH/g 0.04 0.18
Bromine index, mg Br/g 8534 19,000
Carbon content, wt% 86.0 77.3
Hydrogen content, wt% 13.3 11.8
Oxygen content*, wt% – 10.9

* Calculated by subtracting the carbon and hydrogen contents from 100.

Table 2
Chronological description of the reaction conditions of the screening experi-
ment.

No. TOS, h T, °C P, MPa WHSV, h−1 Feed*

1 0–40 330 5.5 2 AGO
2 40–64 340 5.5 2 AGO
3 64–88 350 5.5 2 AGO
4 88–112 330 5.5 2 AGO
5 112–136 330 5.5 2 AGOR_5
6 136–160 330 5.5 2 AGOR_10
7 160–184 330 5.5 2 AGOR_25
8 184–208 330 5.5 2 AGO
9 208–256 330 5.5 1 AGO

* AGOR_X: mixtures of AGO and RSO, X = content of RSO (wt%).

Fig. 2. Variations in the density and refractive index at 20 °C during the testing
of MoCx/Al2O3.
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liquid product, respectively (wt. ppm). Similarly, ‘η’ represents the
process yield, which is defined as the mass ratio between the de-
sulfurized gasoil obtained and the liquid feedstock. Analogously, the
HDN efficiency can be determined by using the nitrogen content,
through the following equation:

=

− η
HDN(%)

(N (N · ))
N

·1000 p

0 (2)

where N0 and Np represent the nitrogen contents of the feedstock and
the liquid product, respectively. These parameters have been de-
termined for each relevant step of the experiments to evaluate the
catalytic activity and how it changes with the operating conditions or
the addition of RSO.

3. Results and discussion

Sulfur-free supported catalysts (MoCx and MoNx) were studied as
alternatives to the conventional sulfide catalysts by investigating the
effects of operating conditions and the addition of vegetable oil on
product properties and catalyst suitability.

3.1. Catalyst characterization

The impregnation of the catalyst supports resulted in differences
between these materials. The highest amount of molybdenum was
loaded into the Al2O3 support (20–21wt%), while the molybdenum
contents of the ZrO2 catalysts were only between 7.8 and 8.2 wt%
(Table 3).

These results are in good agreement with the determined specific
surface area, which revealed the highest value for the Al2O3-supported
catalysts and nearly identical values for the TiO2 and ZrO2 catalyst
supports. The higher amounts of molybdenum loading into the TiO2-
based catalysts were reflected in the different porous properties of both
materials. Carburization was more effective in the case of TiO2 and
ZrO2 catalysts, while nitridation was most effective for the Al2O3-based
catalyst and less effective for ZrO2.

The spent catalysts separated after each experiment were analysed
by an identical set of methods to help in the discussion of the effect of
reaction conditions and vegetable oil addition on the product proper-
ties. Table 4 summarizes the results of characterization of all the spent
catalysts.

All the catalysts used in catalytic screening showed decreases in the
contents of the main support and molybdenum (as the active phase
marker). On the other hand, all these catalysts showed significant
contents of carbon in their structures. Carbon originated in the samples
from two sources. The first source is the contamination of the catalyst
sample by the fine particles of SiC which is used in catalyst dilution, and
the second one is the carbon depositing by coking during the experi-
ment. The highest carbon content was detected in MoCx/Al2O3 and

both the ZrO2-supported catalysts. In the case of MoCx/Al2O3, carbon
originated from the deposition of coke in the catalyst bed, whereas, in
the case of the ZrO2-supported catalysts, the effect of SiC contamination
was much higher. Although these catalysts were contaminated with an
inert material, the decrease in the specific surface area was mainly at-
tributed to the formation and deposition of coke in the catalyst bed. The
change in the ratios of the support metal precursor to molybdenum was
reflected in the reduced molybdenum contents of the spent catalysts.
The molybdenum loss was attributed to the attrition of the catalyst
during its removal from the reactor by vacuum cleaning. The catalyst,
after separation from the mixture, mainly consisted of particles of sizes
up to approximately 400 μm.

The TiO2-supported catalysts and the MoNx/Al2O3 catalyst showed
increased sulfur contents of up to 1.18 wt%. Taking into account the
fact that no sulfur was detected in the fresh catalysts, the sulfur de-
tected after the experiment can be attributed to the AGO. The sulfane
produced by the HDS reaction interacted with the residual mo-
lybdenum oxides and reduced molybdenum to the respective mo-
lybdenum sulfides. These reactions do not cause any problems to the
desired reaction, because they occur on additional active sites in the
system that have no negative impact.

Comparison of the pore-size distributions obtained by mercury
porosimetry revealed that the ZrO2-supported (Fig. 3e–f) catalysts and
MoCx/Al2O3 (Fig. 3a) showed significant changes in the pore volume
and the pore size distribution.

Regarding the elemental analysis, the porosimetry measurement
revealed the loss of the porous structure of the ZrO2-supported catalysts
through either clogging by carbon deposits or collapse of the catalyst
support. The pore volume of MoCx/Al2O3 significantly decreased owing
to the carbon deposits, and the mean pore diameter decreased from 9 to
7 nm as a result of coking and partially as a result of the sulfiding of
molybdenum and molybdenum oxide. MoNx/Al2O3 and the TiO2-sup-
ported catalysts (Fig. 3b–d) showed lower decreases in the pore volume,
which are in good agreement with the changes in the specific surface
areas (Tables 3 and 4). The mean pore diameters of these catalysts were
reduced 20% in comparison with the fresh catalysts (from 10 to 8 nm
for MoNx/Al2O3, from 24 to 19 nm for the TiO2-supported catalysts).
The decrease in the mean pore diameter could be explained as an effect
of the sulfur contained in the feedstock that interacted with the mo-
lybdenum and molybdenum oxides in the pores to form MoSx com-
pounds [21].

3.2. Effect of operating conditions

The hydrotreatment of atmospheric gasoil was carried out at three
different temperatures (330, 340 and 350 °C) and two different feed-
stock space velocities (WHSV=1 and 2 h−1), in order to study the
effect of the operating conditions on the reaction products and the
catalyst activity, i.e. HDS and HDN efficiencies.

Table 3
Characterization of fresh catalysts.

Catalyst MoCx/Al2O3 MoNx/Al2O3 MoCx/TiO2 MoNx/TiO2 MoCx/ZrO2 MoNx/ZrO2

SBET, m2/g 142.6 148.6 102.1 103.7 107.1 117.5
Metal ICP-OES, % –
Mo 20.1 21.1 16.5 17.7 7.78 8.16
Al 36.7 40.0 – – – –
Ti – – 44.5 43.9 – –
Zr – – – – 57.5 57.8
sp*/Mo (wt/wt) 1.83 1.90 2.70 2.48 7.39 7.08
Elemental analysis, % –
C 1.02 0.14 1.06 0.42 0.49 0.16
N 0.05 0.78 0.16 0.53 0.05 0.21
Mo/C ratio 0.25 – 0.19 – 0.20 –
Mo/N ratio – 0.34 – 0.42 – 0.49

* sp= support precursor metal.
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Table 4
Characterization of spent catalysts.

Catalyst MoCx/Al2O3 MoNx/Al2O3 MoCx/TiO2 MoNx/TiO2 MoCx/ZrO2 MoNx/ZrO2

SBET [m2/g] 8.3 115.4 70.3 54.9 25.4 7.4
Metals – ICP-OES (%) –
Mo 12.2 15.9 9.5 8.4 4.6 1.8
Al 25.7 34.4 – – – –
Ti – – 38.7 29.2 – –
Zr – – – – 38.2 14.3
sp*/Mo (wt/wt) 2.11 2.16 4.07 3.48 8.30 7.94
Elemental analysis (%) –
C 24.1 6.69 3.65 4.75 10.90 16.60
N 0.05 0.54 0.18 0.37 0.05 0.05
S 0.21 1.18 0.72 0.39 0.05 0.09
Mo/C ratio 0.01 – 0.03 – 0.01 –
Mo/N ratio – 0.37 – 0.28 – 0.46

* sp= support precursor metal.

Fig. 3. Pore diameter distributions on different catalyst surfaces, as measured by mercury porosimetry.
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3.2.1. Reaction products
The first part of the analysis of the results involved the determina-

tion of the mass balances for each experiment after taking into account
the feedstocks and the corresponding products obtained, namely liquid
and gaseous. Table S1 of the Supplementary data shows the mass bal-
ance results for the carbide and nitride catalysts with Al2O3, TiO2 and
ZrO2 supports. The ‘Mass closure’, defined as the ratio between the total
outputs and the total inputs multiplied by 100, was> 96% in all the
cases, with the average being 97.7 ± 0.84% (calculated for all the
experiments). This pointed to good mass balancing and a high re-
producibility of the results. The errors were mainly attributed to the
losses of the liquid during sampling and to the use of a low-accuracy gas
flow meter (off-gas line).

Simdis was performed for general characterization of the liquid
products. Identical boiling point distributions were observed for the
reaction temperatures 330–350 °C. A similar profiles of the paraffins
were obtained independently of the reaction temperature or WHSV
used for all the catalysts tested. Fig. S1 of the additional data shows, as
an example, the paraffin profile of desulfurized gasoil at different op-
erating conditions with MoCx/Al2O3 and MoNx/Al2O3 catalysts. The
gaseous products were identified by GC-RGA and quantified with an off-
gas flow meter. The main off-gas component was H2 in concentration of
98–99 vol%. The other compounds were C1–C3 light hydrocarbons (i.e.
methane, ethane and propane). In this sense, the main gaseous product
identified was methane, with its amount being in the range 65–75 vol%.
However, this amount was distorted owing to its presence in the fresh
H2 stream (refinery quality, 99.5 vol% H2). Its formation was attributed
to the demethanization reactions and minor cracking of the feedstock.
The role of the reaction conditions pointed to slight increases in the
amounts of propane and ethane as the temperature rise from 330 to
350 °C; on the other hand, the methane concentration remained prac-
tically the same or experienced a slight reduction. On the other hand,
the decrease in the WHSV from 2 to 1 h−1 resulted in an increase in the
methane concentration, with corresponding decreases in the con-
centrations of the remaining gaseous products. These results are in good
agreement with the expected results, because a light cracking phe-
nomenon is commonly associated with middle distillate hydrotreatment
[22].

The H2 consumption and light gas production could be calculated on
the basis of reaction off-gas analysis and completion of mass balance.
The propane present displayed the clearest behaviour, according to the
operating conditions used. Fig. 4 shows the hydrogen consumption and
propane production in grams per kilogram of feedstock processed as
functions of the reaction temperature (330–350 °C) and the WHSV (1,
2 h−1).

Significant differences were observed in the hydrogen consumption
and the formation of gaseous products, depending on the active phase
and catalyst support selected. When Al2O3 was used as the catalyst
support, no significant impact of active phase selection was observed.
Only at the reaction temperature of 350 °C did the MoCx/Al2O3 catalyst
show a significantly lower hydrogen consumption compared to that at
340 °C. Together with the changes in the porosity and the specific
surface area, the increase in the reaction temperature beyond 340 °C
was identified as the reason for catalyst deactivation. MoNx/Al2O3

showed an increasing trend of H2 consumption with increasing reaction
temperature, while the amount of propane formed was constant across
the three reaction temperatures. The concentration of the propane
formed over the Al2O3-supported carbide showed an increase after the
reaction temperature was increased to 340 °C, however, further in-
crease in the temperature did not increase the propane yield further
owing to the deactivation described earlier.

For the TiO2- and ZrO2-supported catalysts, increases in the H2

consumption with increasing reaction temperature were observed. For
both these supports, the conclusion of higher catalytic activity of the
active carbide phase can be correlated with the H2 consumptions. The
propane production pointed to constant yields, without any effect of the

reaction temperature in the range 330–350 °C, over the TiO2 catalyst
support, indicating low sensitivity of the catalyst to cracking in this
temperature range. Both the ZrO2-supported catalysts showed sig-
nificant increases in the concentrations of the propane formed after the
temperature reached 340 °C. At lower reaction temperatures, no pro-
pane was detected in the reaction off-gas. The H2 consumption de-
creased after increasing the reaction temperature to 340 °C for MoNx/
ZrO2, which showed catalyst deactivation followed by an increase in
the activity at 350 °C. As in the case of MoCx/Al2O3 catalyst, that be-
haviour could be explained by the equilibrium of hydrogenation/de-
hydrogenation of AGO molecules during the hydrotreatment. However,
a complete molecular analysis is necessary to confirm it.

Similar to conventional sulfided catalysts [23], most of the tested
catalysts showed higher H2 consumptions at a lower WHSV. The in-
creased consumptions were 1.5–2.3 times the amount of H2 consumed
at 330 °C and 2 h−1. The exceptions were the MoNx/TiO2 and MoCx/
ZrO2 catalysts. This fact can be attributed to the combination of HDS
and HDN reactions being preferred over the hydrogenation of un-
saturated compounds (more details in the following section). In the
same way, at the lower WHSV, most of the catalysts tested showed
increases in light gas productions, particularly propane production.
This fact could suggest an increase in the cracking activity of the cat-
alyst under these operating conditions. An exception to this behaviour
was observed in the case of MoCx/TiO2 catalyst, which showed higher
cracking activity at 2 h−1 WHSV.

3.2.2. Product properties
Significant changes in the variables of the operating conditions

(reaction temperature 330–350 °C, WHSV=1 and 2 h−1) modified the
characteristics of the desulfurized gas oil. The most important changes
were observed in the densities of the liquid products. Fig. 5 shows the
effects of temperature and WHSV on the density at 20 °C.

The liquid product density decreased with increasing reaction
temperature for all the catalysts tested. Based on the catalyst support
used, the product densities generally increased in the order
Al2O3 < TiO2 < ZrO2. Similar results were observed when the space
hourly velocity was changed from 2 to 1 h−1. The Al2O3 and TiO2

catalysts showed increases in the densities with increasing space velo-
city, whereas the ZrO2 catalyst revealed a slight reduction in the den-
sity. As shown by the Simdis curves of Fig. S1, the decrease in density
cannot be clearly attributed to the cracking of the feedstock into lighter
hydrocarbons. The decrease in the product density can be explained as
an effect of the hydrogenation reactions of the feedstock, as well as by
the typical reduction of the specific weights of the compounds through
double bond saturation or heteroatom removal from the structure
during hydrotreatment.

No significant changes were observed during elemental analysis (C
and H %) or in the acidity index of the desulfurized gasoil. However,
important changes were observed in the bromine index of the liquid
products as a result of the saturation of the double bonds, due to the
effect of the operating conditions. Fig. 6 shows the bromine index for
each catalyst at the different operating conditions used in this study.

The bromine indices determined showed trends that were different
from those of the product densities measured. Excluding the MoCx/
Al2O3 catalyst, the bromine index increased upon increasing the reac-
tion temperature from 330 to 340 °C, and then decreased as the tem-
perature was further increased to 350 °C. This behaviour was not in
agreement with the generally expected results, where by a higher re-
action temperature results in a significant decrease in the bromine
index for the most of the catalysts [24]; this discrepancy was particu-
larly accentuated for the Al2O3 and TiO2 supports investigated in this
study. As noted earlier, an exception to the observed trends was MoCx/
Al2O3, where a significant decrease in the bromine index was observed
due to saturation after the reaction temperature increased from 330 to
340 °C. The trends in the bromine index, with a maximum or minimum
at 340 °C, are determined by catalyst deactivation after the reaction
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temperature increases. Additionally, hydrogenation can be understood
to be a competitive reaction to the HDS and HDN reactions [25], which
are usually promoted when the reaction temperature is increased in the
range 320–430 °C; on the other hand, the saturation of the double bonds
in the linear chains and aromatic compounds is typically slowed down
thermodynamically upon increasing the reaction temperature [26–28].
Thus, the HDN and HDS reactions are preferred on the active sites and
the hydrogenation activity of the double bonds is reduced. This can
explain the unexpected decrease in the H2 consumption over MoCx/
Al2O3 at 350 °C (Fig. 4a), which was a result of the reduction in the
hydrotreatment activity in favour of the HDS and HDN reactions
(Fig. 7).

Similarly, a decrease in the feed rate (WHSV) resulted in significant

decreases in the bromine indices of MoCx/Al2O3, MoNx/Al2O3, MoNx/
TiO2 and MoCx/ZrO2 catalysts relative to the conventional catalyst
[23]. On the contrary, MoCx/TiO2 and MoNx/ZrO2 catalysts showed
increases in the bromine index at the lower space velocity. This atypical
behaviour was attributed to the problem of accessibility to the active
sites and mass transfer limitations as a result of the low specific surface
areas and the changes in the porous structures of the catalysts. The
products derived from the hydrotreatment of AGO or AGOR could block
the active sites of the reactants at the lower WHSV, thus decreasing the
catalytic activity. A higher feed rate and faster flow of the gaseous and
liquid reactants could shift the reaction closer to the kinetic regimen,
thereby promoting the accessibility to the active sites for hydrotreat-
ment, as confirmed by the increased H2 consumption (Fig. 4b). Thus,

Fig. 4. Hydrogen consumption and propane production at different operating temperatures and WHSVs.

Fig. 5. Density at 20 °C for different operating temperatures and WHSVs.
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the unexpected behaviour of MoCx/TiO2 catalyst can be explained by
the reduced accessibility to the active sites, which is similar to the case
of MoNx/ZrO2, in combination with the reduced HDS activity which
slightly increases the potential for the hydrogenation reactions to occur.

3.2.3. HDS and HDN efficiencies
The sulfur and nitrogen contents of hydrotreated middle distillates

and gas oils are the most important process parameters. According to
EN 590, the maximum limit of 10 ppm of sulfur content puts high
pressure on the process and the catalyst properties. As sulfided catalysts
are capable of fulfilling this requirement, their alternatives must also be
of the same or higher quality. In this sense, HDS and HDN efficiencies
can be used as quantitative parameter for catalyst activity comparison.

The HDS and HDN activities were calculated at all the stages of the
experiments. Fig. 7 shows the comparison of the HDS and HDN effi-
ciencies obtained at different operating conditions for all the catalysts
tested.

All the catalysts showed increases in both HDN and HDS efficiencies
with increasing reaction temperature, which is in good agreement with
the reported behaviour of commercial catalysts [10]. Generally, it is
possible to claim that MoNx catalysts showed higher efficiencies during
the HDS reaction than the MoCx types. The HDN efficiencies revealed
less significant differences between the MoCx and MoNx catalysts and,
especially at the temperatures 340 and 350 °C, the MoCx catalysts were
found to be slightly more active towards denitrification. Furthermore,
in all the cases, the HDS efficiency was always higher than the HDN

Fig. 6. Bromine indices obtained at different temperatures and WHSVs.
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efficiency. Comparing the catalytic supports, Fig. 7a, b shows that the
most active catalysts were the ones that used Al2O3 as the support,
while the least active catalysts were the ZrO2-based supports. These
results pointed to MoNx/Al2O3 being the most active catalyst, ex-
hibiting almost 70% sulfur removal when tested for AGO hydrotreat-
ment, although MoCx/TiO2 showed the highest HDN efficiencies at 340
and 350 °C.

The role of feed rate in the HDS and HDN activities is shown in
Fig. 7c, d by comparing the HDS and HDN efficiencies of AGO hydro-
treatment over the studied catalysts at different WHSVs. Based on the
H2 consumption, the decrease in the WHSV to 1 h−1 resulted in sig-
nificant increases in the HDS activities, which were in the range 5–20%,
depending on the catalyst used. At the WHSV of 1 h−1, MoNx/Al2O3

showed the highest HDS activity, followed by MoCx/Al2O3 > MoNx/
TiO2 > MoCx/TiO2 > MoNx/ZrO2 > MoCx/ZrO2. Similarly, the
MoCx/Al2O3, TiO2 and ZrO2 catalysts showed increases in their HDN
activities with WHSV reduction, which were in the range 4–22%, de-
pending on the catalyst. However, MoNx/Al2O3 catalyst displayed a
reduction in its HDN activity, decreasing from 19.0% to 14.9%. This
could be explained by the slight deactivation of the catalyst during the
progress of the experiment.

The molybdenum carbide and nitride catalysts exhibited significant
activities, based on their HDS and HDN efficiencies. This was correlated
with the studies of Refs. [13,27], which demonstrated that mo-
lybdenum carbide and nitride catalysts were capable of absorbing hy-
drogen and transferring them to the molecules of middle distillates
during the hydrotreatment reactions. Thus, optimization of the oper-
ating conditions led to significant improvements in the HDS/HDN ac-
tivities.

3.3. Effect of vegetable oil addition

The co-processing of three different mixtures of AGO and RSO (5, 10
and 25wt%) was performed at 330 °C and 5.5MPa to study the pro-
ducts formed, their influence on the fuel properties and on the catalytic
activity.

3.3.1. Reaction products
Based on previous experiments on co-processing with conventional

sulfur NiMo/Al2O3 catalysts [10], the addition of RSO (food quality
grade) would increase the paraffin character of desulfurized gas oil.
Analogous to Section 3.2, Table S2 of Supplementary data shows the
mass balance results for the carbide and nitride catalysts with Al2O3,
TiO2 and ZrO2 supports. In this case, the mass closures of AGO/RSO co-
processing balances were higher than 96%, with the average being
97.2 ± 0.7% for all the catalysts used. As mentioned in the introduc-
tion section, during hydrotreatment, the triglyceride feedstock was
converted into HVO, which was the main product, and light gases
(mainly CO, CO2 and C3H8) and liquid water, which were the by-pro-
ducts. As a result of vegetable oil addition, the organic product output
decreased, while those of the gaseous products increased.

Using the mass balance data of the co-processing stages and AGO
hydrotreatment at 330 °C, it was possible to determine the yields of the
main reaction products obtained during the RSO co-processing for each
catalyst according to the equation:

=

g
Vegetable oil in feedstock g

Product yield
Product formed ( )

( )
·100

(3)

where the ‘product formed’ only refers to the mass of that reaction
product (HVO, water or light gases) formed from the RSO hydrotreat-
ment, and ‘vegetable oil in feedstock’ represents only the mass of RSO
used during the corresponding co-processing stages. Table 5 sum-
marizes the yields of HVO, water and light gases from RSO co-proces-
sing for each of the catalysts tested.

These yields had mass closures slightly lower than those presented

in Tables S1 or S2, with the average being 93.1 ± 1.7 wt%, which is
still a good result. Water production was observed only in the liquid
samples as a result of the co-processing of 10 and 25 wt% RSO. The
amount of this side-product was typically up to 3wt%. For such
amounts, it was not usually possible to separate the water quantita-
tively owing to its dispersion in the form of small drops at the bottom of
the sampling vessel, therefore, this phenomenon probably increased the
organic yield. The main product, 88.5 ± 1.0 wt% of co-processed RSO,
was a mixture of paraffins, mostly with carbon numbers 15–18 and
containing traces of olefins and isoparaffins. The distribution of paraffin
carbon numbers and the distribution of gaseous products were influ-
enced by the selectivity of the reaction mechanism and the reaction
pathway, respectively. The preference in reaction mechanism was de-
termined by a combination of the catalyst type and the reaction con-
ditions during triglyceride hydrotreatment. On the other hand, light
gases (mainly methane, carbon oxides and propane) showed yields in
the range 2.0–5.5 wt%, depending on the catalyst used. In this sense,
the ZrO2 catalysts yielded less gases, which is a result of their lower
activity towards hydrotreatment.

The paraffinic nature of HVO and the presence of paraffins in the
studied AGO allowed the study of the deoxygenation mechanism by
using Simdis analysis. Specific peaks in the Simdis chromatogram could
be used to simply visualize the main deoxygenation products. The
analytical data were exported in detail by using improved settings in GC
operating SW and numerically derived to obtain a chromatogram with
relative (normalized) signal intensities. Fig. 8 shows a complex com-
parison of the Simdis analysis of different amounts of the samples of
RSO co-processed over all the catalysts investigated. The amount of
RSO co-processed varied from 0 to 25wt% in AGO. The main paraffins,
namely n-C18, n-C17, n-C16 and n-C15, as well as the intermediate pro-
ducts, have been identified and marked in Fig. 8.

Octadecane (n-C18), the product of the C18 alkyl groups of the tri-
glycerides hydrodeoxygenated, was identified as the dominant product
of the co-processing in all the experiments. The peak at the boiling
points of 317–320 °C (Fig. 8) shows a gradual increase in the maximum
intensity with increasing content of RSO in the feedstock. The hepta-
decane (n-C17) peak at the boiling points of 302–304 °C did not increase
in intensity as much. A significant increase in the n-C17 peak intensity
was observed only in the case of 25 wt% RSO co-processing over MoCx/
Al2O3 catalyst. This pointed to the occurrence of major HDO reaction
and minor selectivity to the HDC reaction mechanism at 330 °C for all
the catalysts studied. These results are in good agreement with those of
Sousa et al. [18] and Qin et al. [29]. They studied the hydrotreatments
of different vegetable oils (such as sunflower oil and RSO) over β-
Mo2C/Al2O3 and Mo2C/carbon nanofiber catalysts, respectively. These
results are also in concordance with the reaction selectivity observed
over the conventional commercial sulfide NiMo/Al2O3 catalyst used in
the vegetable oil co-processing at 320 °C [10]. The HDO pathway is
desirable for yielding the maximum possible amounts of HVO and
waste water, as a by-product. On the other hand, the dominant dec-
arboxylation reaction pathway involving minimal CO2 reduction could
hardly reduce the H2 consumption. Nevertheless, the reduction of COx

into methane is preferred in order to avoid problems due to corrosion,

Table 5
Product yields from AGO/RSO co-processing at 330 °C and 5.5MPa.

Experiment no. Catalyst RSO (wt%) HVO
(wt
%)

Water
(wt%)

Light
gases
(wt%)

Mass
closure
(%)

1 MoCx/Al2O3 5–10–25 89.7 1.1 4.7 95.5
2 MoNx/Al2O3 5–10–25 89.3 0.0 4.7 94.0
3 MoCx/TiO2 5–10–25 88.0 1.1 5.4 94.5
4 MoNx/TiO2 5–10–25 86.8 0.0 5.1 91.9
5 MoCx/ZrO2 5–10–25 89.4 0.0 2.1 91.5
6 MoNx/ZrO2 5–10–25 87.8 0.0 3.3 91.1
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particularly at high pressures [30].
The co-processing of 10–25wt% RSO over TiO2- and ZrO2-sup-

ported catalysts resulted in the formation of clear products with white
solid particles (or ‘waxes’ [11]), which melted after heating the samples
above 50 °C. These molecules were identified as the intermediate pro-
ducts of triglyceride deoxygenation. The presence of minor peak(s) in
Simdis analysis with boiling points in the range 460–520 °C (detected
for 10–25 wt% co-processing over ZrO2- and TiO2-supported catalysts;
Fig. 8c–f) pointed to the existence of large esters of intermediate fatty
acids and alcohols, or diesters of propanediols, respectively. Calibration
for a more accurate identification was not possible. The presence of
waxes in the products of 25 wt% RSO co-processing might be attributed
to saturated carboxylic acids, which are another deoxygenation inter-
mediate. Fatty acids were identified based on the group of peaks ob-
served in the approximate boiling point range 345–380 °C. However,
the presence of these compounds was not confirmed by Simdis.

Similar to the AGO hydrotreatment, H2 was the main off-gas com-
pound, with concentration in the range 98–99 vol%. The main gaseous
products formed during the co-processing reactions were light gases
such as CO2, CH4, C2H6 and C3H8. Fig. 9 shows the H2 consumptions
and light gas productions (in grams per kilogram of feedstock pro-
cessed) as functions of RSO concentration at 330 °C and 2 h−1 WHSV
(results at 0 wt% of RSO correspond to the AGO-100 wt% hydrotreat-
ment).

The effect of increasing the content of RSO in the feedstock was an
increase in the production of propane. This gas is the by-product of
triglyceride deoxygenation, and is formed from the glycerol part of the
ester molecule. The amount of propane increased linearly in the case of
MoNx/Al2O3 catalyst (Fig. 9b), but, in the case of MoCx/Al2O3, the rate
of increase was slightly lower at 25 wt% co-processing relative to those
observed in the range 0–10wt%. This could simply be a result of a
deviation in the measurement, but similar trends were exhibited by

Fig. 8. Simdis results of AGO/RSO co-processing.
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other catalysts. Taking into account the Simdis analyses discussed
earlier, this trend confirms the presence of partially decomposed tri-
glycerides in the products of co-processing hydrotreatment. Incomplete
conversion of glycerides, which are a partially fixed glycerol part of the
feedstock, in the products resulted in the non-linear trend being ob-
served for the propane production as a function of RSO content of the
feedstock. The concentration of CO2 is an important parameter of tri-
glyceride deoxygenation, and reveals the ability of the catalyst to re-
duce CO2 into methane. In all the cases, the CO2 production increased
linearly with increasing RSO content of the feedstock (Fig. 9d).

The H2 consumption increased with increasing amount of RSO in
the feedstock, but the consumption trends were not linear. The de-
pendence of H2 consumption on RSO concentration was governed by
several factors. The parameter was calculated by using a set of mea-
surements, each with a specific accuracy, and the selectivity towards
the deoxygenation mechanisms can change depending on the RSO
concentration, while the catalyst was not active enough to convert such
a high amount (25 wt%) of RSO in the feedstock at the reaction con-
ditions considered. The impact of low catalytic activity was significant
in the case of MoNx/ZrO2, with a slightly lower H2 consumption ob-
served for 25 wt% RSO than for 10 wt% RSO hydrotreatment. This was
caused by too low a catalyst activity which resulted in incomplete
conversion of triglycerides, as shown by the Simdis (Fig. 8) and propane
production (Fig. 9) results. The low catalyst activity resulted in near
zero activity towards CO2 methanation, as well as minimal CH4 pro-
duction. Even though the CO2 production was low, it has to be taken
into account in future research, owing to its effect on the activity of the
conventional catalyst of HDS/HDN (CoMo/Al2O3) during gasoil hy-
drotreatment [31].

3.3.2. Product properties
As the HVO is mainly composed of linear paraffins (n-C15 to n-C18),

the co-processing of vegetable oil with AGO strongly affects the phy-
sical parameters of the product. Typically, the low density of paraffins
caused a significant decrease in the densities of the products of co-
processing. Fig. 10 shows the densities obtained at 20 °C of the products
of co-processing for different amounts of RSO added to the AGO feed-
stock.

As expected, the density decreased linearly with RSO addition for
most of the catalysts, and the effect of the RSO addition was much more
significant than the effect of increasing the temperature. Similar to the
results presented in Fig. 5, lower densities were obtained for MoNx/
Al2O3, with the other catalysts following the order MoCx/

Fig. 9. H2 consumption and light gas productions per kilogram of feedstock during AGO and RSO co-processing at 330 °C, 5.5MPa, 2 h−1 WHSV (result at 0 wt% of
RSO correspond to the AGO-100 wt% hydrotreatment).

Fig. 10. Density measured at 20 °C for the co-processing of different AGO/RSO
mixtures (result at 0 wt% of RSO correspond to the AGO-100 wt% hydrotreat-
ment).
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Al2O3 > MoCx/TiO2 > MoNx/TiO2 > MoCx/ZrO2 > MoNx/ZrO2.
Different trends were observed in the case of 25 wt% RSO co-processing
over MoNx/ZrO2 catalyst. The incomplete conversion resulted in in-
creased content of oxygenates, which increased the density of the hy-
drotreated product. Similar but not so significant behaviour was also
observed in the case of MoNx/TiO2 catalyst.

The elemental analysis results were not significantly affected by the
addition of RSO to the feedstock. The average values of carbon and
hydrogen contents were 86.5 and 13.5 wt%, respectively (the oxygen
content was not determined). Similar behaviour was observed with the
acidity index, with values being in the range 0.01–0.03mg KOH/g.
MoNx/ZrO2 catalyst was an exception to this trend, displaying a sig-
nificant increase in the acidity index up to 0.42 during the AGO/RSO
75/25 co-processing. This was a result of the incomplete conversion
and the presence of carboxylic acids as intermediates. In the same way,
significant changes were observed in the bromine index during vege-
table oil addition. Fig. 11 shows the bromine indices for different AGO/
RSO ratios.

According to the SIMDIS results, the catalysts MoCx/Al2O3, MoNx/
Al2O3 and MoCx/TiO2 showed decreasing trends in their bromine in-
dices, which indicated high conversions of the triglycerides with neg-
ligible or low concentrations of intermediate products. This observation
was in line with the results described in the literature for the conven-
tional NiMo/Al2O3 catalyst and heavy gas oil with used cooking oil as
the feed [27]. On the other hand, the other catalysts with higher con-
centrations of intermediate products showed increases in their bromine
indices during the co-processing, which was particularly accentuated at
25 wt% of RSO in the feedstock. This would also explain the increase in
the acid number.

3.3.3. Catalytic activity during AGO/RSO co-processing
The deoxygenation reactions of RSO compete with the HDN and

HDS reactions of AGO. The addition of RSO into the fossil material
increased the concentration of heteroatoms that needed to be removed.
In the system with a set of competitive reactions, the dominant (pre-
ferred) reaction could eliminate the other types of reactions. As the RSO
is known to be more reactive than AGO, the elimination of HDS and
HDN reactions presented an unacceptable level of risk in AGO con-
version. To analyse the effect of vegetable oil addition on the catalytic
activity, the HDS and HDN efficiencies were determined at each stage of
the co-processing, from 0 to 25wt%. Fig. 12 shows the variations in the
HDS and HDN efficiencies during the AGO/RSO co-processing over
each of the catalysts used.

RSO addition did not significantly decrease the HDS ratio for the
Al2O3- and TiO2-supported catalysts. In fact, a slight increase was ob-
served during RSO co-processing (2–3% HDS efficiency increase),

particularly at 5–10 wt% RSO addition. This increase was particularly
significant in the case of MoCx/Al2O3 catalyst, with an increase of 13%
observed for 25 wt% RSO co-processing. The MoNx/Al2O3 catalyst was
found to be the most stable, from HDS point of view. Opposite to this
observation, the ZrO2-supported catalysts decreased their HDS activ-
ities during the RSO co-processing, thereby showing high sensitivity to
RSO addition beyond 5wt%.

Similar to the HDS activity, the HDN efficiency hardly increased
after switching to RSO co-processing over Al2O3- and TiO2-supported
catalysts. This effect was the most significant for 5–10wt% RSO addi-
tion in the case of the MoNx/TiO2 catalyst. An exception to this effect
was observed in the products obtained from the experiments involving
MoNx/Al2O3 and ZrO2-supported catalysts, which showed significant
decreases in the HDN activities (the efficiencies also decreased) during
the vegetable oil co-processing, with the maximum decrease being 13%.

Thus, in the cases of the MoCx/Al2O3 and TiO2-supported catalysts,
no significant negative effect of RSO co-processing on their activities
during the reaction was observed, indicating that the catalyst activity
was high enough to complete the triglycerides HDO/HDC reactions. In
this sense, the only effect found was slight increases in the HDN and
HDS efficiencies during the co-processing, which was affected sig-
nificantly by the amount (percentage) of RSO co-processed. This be-
haviour was according to authors’ previous experiments of triglycerides
co-processing with conventional sulfide catalysts [10]. In brief, the
MoNx/Al2O3 catalyst was found to be the best catalyst for AGO/UFO
co-processing in this study from HDS point of view, and the MoCx/
Al2O3 and MoNx/TiO2 catalysts were found to be the most attractive for
a significant increase of the HDS and HDN efficiencies during the RSO
co-processing respectively, i.e. better HDS and HDN selectivity.

3.4. Catalyst deactivation

As described in Experimental section, each experiment was divided
into nine sections. Sections 4 and 8 were added to the screening process
to analyse the effects of higher reaction temperatures and RSO co-
processing on the catalytic activity after returning to the initial (re-
ference) operating conditions. Then, the catalytic activity was checked
based on the basic properties such as the density at 20 °C and the HDS
and HDN activities.

3.4.1. Product quality at the reference operating conditions
The densities of all the samples were determined. Thus, the study of

its changes after operating at higher reaction temperatures and the co-
processing stages, corresponding to the Sections 4 and 8, provided in-
formation on the possible changes in the catalytic activity. Fig. 13
shows the comparison of the densities for hydrotreated gasoil produced
in the reference section (330/1), the section after operation at elevated
reaction temperatures (330/2) and the section corresponding to the co-
processing stages (330/3) for all the catalysts investigated.

No significant changes (in the form of rapid density increases) were
observed when the reaction temperature increased, maintaining ap-
proximately the same values for the densities measured at 20 °C. An
exception to this behaviour was MoCx/ZrO2, which showed an increase
in the product density. Another evaluation of the activity (330/3)
showed an increase in the density of the products obtained over the
MoNx/Al2O3, TiO2- and ZrO2-supported catalysts. This density increase
can be indicative of possible catalyst deactivation. The only catalyst
showing a stable density was MoCx/Al2O3.

3.4.2. Catalytic activity at the reference operating conditions
As the density is only an indicative parameter for comparing the

deactivations, the HDS and HDN efficiencies were also compared for
the reference and evaluation stages. Fig. 14 shows the HDS and HDN
efficiencies corresponding to the different stages of evaluation of the
catalysts.

Temperature increase or RSO addition did not significantly decrease

Fig. 11. Bromine indices of the co-processing of different AGO/RSO mixtures
(result at 0 wt% of RSO correspond to the AGO-100 wt% hydrotreatment).

H. De Paz Carmona, et al. Fuel 254 (2019) 115582

12



the HDS activity. In fact, an increase was observed. These general in-
creases in the HDS activity could be explained in terms of possible
partial sulfidation of the catalyst surface [13,32], which resulted in the
improvement in the HDS activity. The increases were 0.80, 2.35, 24.50,
3.70, 1.80 and 21.02 wt% for the carbide/nitride catalysts with Al2O3,
TiO2 and ZrO2 supports, respectively. In accordance with the effect
observed on the density, this increase in the HDS activity was lower in
the evaluation stage 330/3, where a significantly reduced activity of
MoNx/ZrO2 catalyst was observed. This implied a higher impact of RSO

addition on the catalytic activity than an increase in the operating
temperature.

The HDN activity exhibited different behaviours, depending on the
catalyst used. Therefore, after the temperature increase, the MoCx/
Al2O3, MoNx/TiO2 and MoCx/ZrO2 catalysts showed increases of up to
2.50, 4.10 and 2.30 wt%, respectively. These represent significant im-
provements of their activities. However, the MoNx/Al2O3, MoCx/TiO2

and MoNx/ZrO2 catalysts revealed decreases in their activities, being
up to 11.10, 0.70 and 1.10 wt%, respectively. RSO addition accentuated
that effect for both the reactions. MoCx/Al2O3 showed the best beha-
viour, as it increased its HDN activity after the RSO co-processing.

The evaluation of the catalysts in two stages pointed to the positive
effect of the increase in the reaction temperature on the low-tempera-
ture activity, as well as to the effect of vegetable oil addition on the
catalyst tested. In general, the Al2O3- and TiO2-supported catalysts
studied did not reveal any significant negative effect on the HDS ac-
tivity. Moreover, these results, together with the trends in H2 con-
sumption (Fig. 4) and the product bromine indices (Fig. 6) obtained at
the different reaction temperatures, showed strong reversible MoCx/
Al2O3 and MoCx/TiO2 deactivations at temperatures above 350 and
340 °C, respectively.

4. Conclusions

Supported molybdenum carbide and molybdenum nitride catalysts
(with Al2O3, TiO2 and ZrO2 as the supports) were tested and their
properties determined during the hydrotreatment of AGO and its mix-
tures with triglyceride feedstock. Similar to conventional sulfide cata-
lysts, an increase in the reaction temperature (from 330 to 350 °C) and a

Fig. 12. HDS and HDN efficiencies determined for AGO/RSO co-processing.

Fig. 13. Densities measured at 20 °C at different stages of evaluation of the
catalysts.

Fig. 14. HDS and HDN efficiencies determined at different stages of evaluation of the catalysts.
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decrease in the feed rate (WHSV from 2 to 1 h−1) resulted in sig-
nificantly improved product properties (density, refractive index, bro-
mine index) and higher HDS and HDN efficiencies. During the different
co-processing stages, the hydrotreated RSO was converted into HVO,
water and light gases (mainly propane and CO2). Based on Simdis re-
sults, all the catalysts showed higher selectivities to the HDO reaction
pathway than to the HDC reaction. An increase in the amount of linear
paraffins (n-C16 and n-C18) in the product resulted in changes in its
properties, mainly in the density and bromine index. MoCx/Al2O3

showed the best behaviour for high levels of RSO addition, with slightly
increased HDS and HDN activities. The MoNx/Al2O3 catalyst was
identified as the most stable catalyst which did not exhibit any sig-
nificant sensitivity to the increase in the reaction temperature or show
any effect of RSO co-processing on the low-temperature activity. Al2O3-
and TiO2-supported molybdenum carbide and nitride catalysts were
identified as candidates for further research in the field of alternative
catalysts for the hydrotreatment of middle distillates.
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